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A method for synthesizing augmented biofuel processes, which improve biomass carbon conversion to liquid fuel
(gcarbon) using supplemental solar energy as heat, H2, and electricity is presented. For a target gcarbon, our method iden-
tifies augmented processes requiring the least solar energy input. A nonconvex mixed integer nonlinear programming
model allowing for simultaneous mass, heat, and power integration, is built over a process superstructure and solved
using global optimization tools. As a case study, biomass thermochemical conversion via gasification/Fischer–Tropsch
synthesis and fast-hydropyrolysis/hydrodeoxygenation (HDO) is considered. The optimal process configurations can be
categorized either as standalone (gcarbon� 54%), augmented using solar heat (54%� gcarbon� 74%), or augmented
using solar heat and H2 (74� gcarbon� 95%). Importantly, the process H2 consumption is found to be close to the
derived theoretical minimum values. To accommodate for the intermittency of solar heat/H2, we suggest processes that
can operate at low and high gcarbon. VC 2014 American Institute of Chemical Engineers AIChE J, 60: 2533–2545, 2014
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Introduction

The widespread use of renewable energy sources like solar
energy in lieu of fossil fuels has the potential to reduce global
CO2 emissions. However, when compared to fossil fuels,
renewable energy sources have relatively low energy intensity
and are intermittently available. This introduces new chal-
lenges in meeting various energy demands.1,2 Among them is
the challenge of producing high energy density fuels that can
be utilized for transportation and are also compatible with the
existing liquid fuel infrastructure. The continued use of liquid
hydrocarbons for transportation relies on the availability of
renewable carbon sources. The biomass gathered as waste
from existing agriculture and forestry practices and grown on
agriculturally degraded land with minimal energy input, consti-
tutes the sustainably available (SA) biomass carbon resource.3–

6 The quantity of liquid fuel or biofuel produced from SA bio-
mass is dependent on the process carbon recovery (gcarbon),
defined as the fraction of total biomass carbon recovered in the
biofuel. Existing thermochemical and biochemical standalone
processes, which use biomass as the main energy source, are
reported to produce between 6.7 and 10.9 MJ of biofuel/kg of
biomass.3,6–8 For typical carbon contents in biomass and bio-
fuel, which are approximately 50 and 85 wt %, respectively,

and assuming a biofuel energy content of 42 MJ/kg, this trans-

lates to gcarbon 5 27–44% for such standalone processes. This

low range of gcarbon has the following implications. First, using

all of the US SA biomass resource, estimated to be between

500 and 1000 million metric tons per year (MMT/y),6,9 stand-

alone biofuel processes can only supply �22–44% of the cur-

rent US transportation fuel demand.3,10 Second, these

processes diminish the impact of using biomass toward reduc-

ing global CO2 emissions, as they release >50% of the cap-

tured atmospheric carbon as CO2. Third, the relatively low

biofuel yield (or gcarbon) of standalone processes is a contribut-

ing factor to their unfavorable economics.11 Not surprisingly,

despite several process optimization efforts and government

policy incentives, globally, few biofuel processes have been

commercially successful.12 To increase the carbon recovery

and in turn the biofuel yield, the proposed use of supplemental

energy forms during biofuel production13,14 defines a new class

of technologies termed as augmented biofuel processes.3 The

use of supplemental energy in the form of solar-derived H2,

heat, or electricity in lieu of biomass for process energy

requirements, makes it theoretically possible to recover

�100% of the biomass carbon atoms as biofuel. In the US

context, augmented processes with gcarbon � 100% can poten-

tially supply �100% of the current transportation fuel demand

using 1000 MMT/y of SA biomass.10,13

Here, we present a framework for synthesizing augmented
biofuel processes, starting from a set of biomass conversion
pathways and supplemental energy inputs like solar heat,
electricity, and H2. We formulate a mixed integer nonlinear
programming (MINLP) model that allows for simultaneous
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mass, heat, and power integration over a derived process
superstructure. For every target value of gcarbon, the solution
of the MINLP model, obtained using global optimization
tools, identifies the biofuel process configuration requiring
the least solar energy input as heat, electricity, and H2.
These supplementary energy inputs can be recovered at
higher solar energy conversion efficiencies than harvesting
additional biomass via photosynthesis.3 In this manner, the
chosen objective function also minimizes the land area
requirement for biofuel production. Additionally, as solar
energy system costs (e.g., capital cost) are significantly
impacted by the system efficiency of harnessing solar
energy,15 the chosen objective function indirectly contributes
toward improving the process economics. To address the
intermittency of solar energy availability, we identify robust
biofuel process designs that are capable of operating either
in standalone (low gcarbon) or augmented (high gcarbon) pro-
cess modes. If this flexibility in process carbon recovery can
be attained without start-up and shutdown of units, then the
process can be operated continuously even if cost-effective
solar energy storage methods are not available. Alternatively,
the identified augmented biofuel processes can operate round
the clock by integrating with renewable energy storage sys-
tems.16 In a transition scenario, coal and natural gas can sup-
plement biomass during times of solar energy
unavailability.14,17–21

Example Superstructure

We discuss the augmented process synthesis model by con-
sidering two example biomass thermochemical pathways: (1)
heat-assisted gasification followed by Fischer–Tropsch (FT) syn-
thesis and (2) fast-hydropyrolysis followed by catalytic hydro-
deoxygenation (HDO). Heat-assisted gasification produces a
synthesis gas (syngas) mixture rich in H2 and CO from the reac-
tion of biomass with steam at temperatures close to 1000 K.
This endothermic reaction requires the use of an external heat
source (solar heat in this study). The additional heat soaked up
during solar thermal driven heat-assisted gasification (referred as
STG) results in the syngas having �30% higher energy content
than the feed biomass.22,23 In contrast, direct biomass gasifica-
tion using air or enriched oxygen (along with steam) results in
undesirable CO2 formation from biomass combustion. Such a
gasifier will produce syngas with lower energy content than the
feed biomass and, therefore, has not been considered here. The
syngas exiting the heat-assisted gasifier is subsequently con-
verted to liquid fuel via a suitable catalytic process like FT syn-
thesis. The carbon recovery of the STG-FT process, by virtue of
the additional solar energy stored in the syngas, is estimated to
be higher than standalone gasification-FT processes.22–24 To fur-
ther enhance the carbon recovery, the unconverted reactants and
by-products from FT synthesis can be recycled to the STG unit
along with supplementary H2.

24

Alternatively, biomass can be processed via fast-
hydropyrolysis or the fast-pyrolysis of biomass in presence
of H2 and a catalyst at temperatures near 700–800 K.14 The
exhaust from fast-hydropyrolysis, after removal of the solid
char and ash, are fed to a lower temperature HDO reactor
followed by condensation to produce a high energy density
liquid fuel and gas by-products.14,25 Fast-hydropyrolysis/
HDO has been proposed as an improvement to biomass fast-
pyrolysis in an inert atmosphere which produces a low
energy density liquid product (known as bio-oil). The bio-oil

produced from fast-pyrolysis is unstable due to the 35–40
wt % oxygen present and needs further upgrading via hydro-
treating under high H2 pressures (100–200 bar) for producing
a transportation fuel.26 By avoiding intermediate bio-oil for-
mation, fast-hydropyrolysis/HDO processes (referred as
H2Bioil) can potentially overcome the challenges of fast-
pyrolysis/hydrotreating processes while achieving similarly
high energy and carbon efficiencies.14,25,27 Recent proof-of-
concept tests in a semicontinuous process report the produc-
tion of a liquid fuel in the diesel and gasoline range, along
with gas-phase products including C1AC3 hydrocarbons,
solid char, and ash.25,28 The H2Bioil process can be operated
with H2 sourced from either gasifying a portion of the bio-
mass or using supplemental solar H2.27 Additionally, the by-
product gas and char could be reformed to produce syngas
which provides an indirect source of H2.25 In a transition
scenario, use of H2 derived from coal, natural gas, or nuclear
energy for the H2Bioil process offers an economically com-
petitive liquid fuel option.11,14

To simultaneously consider the process alternatives dis-
cussed above, we construct a process superstructure
shown in Figure 1, referred as H2Bioil-STG. For simplicity,
Figure 1 only shows the main units and their process con-
nectivities, and does not depict the intermediate compressors,
heaters/coolers, heat exchangers, splitters, mixers, and other
auxiliary units included as part of the superstructure. The
biomass feed is split between a purge stream to be com-
busted for process heat, the H2Bioil process, and the heat-
assisted gasifier. The vapor stream from the H2Bioil process
is cooled and condensed to separate water, gaseous by-
products, and crude liquid fuel. The char and ash, recovered
from the H2Bioil process, are either purged or used as feeds
to the heat-assisted gasifier. Syngas is produced from the
heat-assisted gasifier using one or more of the following
feeds: biomass, char, and gas by-products from H2Bioil pro-
cess, residual CO2, recycle gas from FT synthesis, steam,
and solar H2. After solid separation using a cyclone, the high
temperature syngas is split between the H2Bioil process, syn-
gas cleaning or purged to be combusted for process heat. As
part of syngas cleaning, the Water-Gas Shift (WGS) reactor
adjusts the syngas H2/CO molar ratio to near 2, as needed
for FT synthesis. The adjusted syngas is cooled to condense
water and sent for acid gas removal. A Rectisol unit is used
to remove 97% CO2 and 100% sulfur (if present, as H2S)
from the syngas while requiring electrical power input for
refrigeration and low pressure steam for solvent regenera-
tion.31 The clean syngas stream is compressed, heated, and
fed to FT synthesis to produce a mixture of C1AC4 hydro-
carbons, naphtha, diesel, and wax range alkanes. The FT
exhaust is fed to the product upgrading unit, where a wax
hydrocracker is used to increase the yield of diesel range
alkanes. The exhaust stream from the hydrocracker is subse-
quently cooled and separated using a three-phase separator
into crude liquid fuel, recycle gas, and water. The purge
streams of the superstructure in Figure 1 are combusted
using external air to recover a portion of their heating value
for process heat. The superstructure in Figure 1 assumes that

all the biomass fed is converted via either reaction or com-

bustion. The main topological process variables of interest

are: (1) the split fraction of input biomass to the two thermo-

chemical pathways, (2) the extent of recycling of uncon-

verted gases, solids, and residual CO2 as well as (3) the

fraction of syngas used to supply H2 to the H2Bioil process.
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Mathematical Model

We develop an MINLP model describing the H2Bioil-STG
superstructure using the mass, energy balances, and other
physical constraints governing each of the unit operations
and the streams involved. The formulation size and noncon-
vexity are managed to enable the use of global optimization
tools, without compromising on accuracy. Toward this end,
we make certain justifiable simplifications in modeling units
whose influence on the process output is small relative to
that of the other modeled process units. Here, we summarize
the key features of the MINLP model, with remaining
aspects more elaborately explained in Supporting Informa-
tion. All the notations used below is described after the con-
clusions section.

The major decision variables for the optimization include:
(1) the individual component molar flows and total flows for
each stream in the superstructure, (2) split fractions of
stream splitters, (3) heating or cooling requirements for each
unit, (4) flow rates and power output of Rankine cycles uti-
lizing waste heat, and (5) other parametric variables (binary
or continuous) associated with each unit. The temperatures
of the individual streams are assumed to be the same as the
temperature of the corresponding originating unit, which are
assumed to be constant. To simplify the models for heat
exchange and power generation, we have neglected the ther-
mal energy available from cooling the multicomponent
streams produced from FT synthesis/hydrocracking and the
H2Bioil process below their dew point temperatures. Instead,
we only consider the thermal energy available from cooling
these streams to 523 K (which is close to their typical dew
points) for heat exchange with other process streams and/or

power generation. A portion of the low temperature heat
available from subcooling these multicomponent streams
below 523 K can be used to dry the woody biomass from a
typical as-received moisture content of 50%32 to the desired
amount (Table 1). Pressure drops across the streams and
units of the process are neglected and the variation of
enthalpy with pressure is ignored for all components except
water (steam). All the relevant thermodynamic data have
been derived from either the Aspen properties database
(from Aspen PlusVR 33) or NIST Chemistry Web Book.34

H2Bioil process

Because fast-hydropyrolysis/HDO as a thermochemical
pathway has only recently received attention in the lit-
erature,14,25 a complete product description is not yet avail-
able. Here, we improve on our previous modeling efforts27

by developing a stoichiometric model for the fast-hydropyr-
olysis/HDO reaction, which is used to model the H2Bioil
process. The model, given by Eq. 1, considers the reactants

Table 1. Biomass Feedstock Assumptions

Values

wt % feed moisture, rmoist 7
wt % Carbon (dry) 50.60
wt % Hydrogen (dry) 6.08
wt % Oxygen (dry) 40.75
wt % Nitrogen (dry) 0.64
wt % Ash (dry) 1.93
LHV, MJ/kg 18.21

Data adapted from Ref. 32.

Figure 1. Simplified representation of H2Bioil-STG superstructure.

Gasification-FT pathway marked in blue, fast-hydropyrolysis/HDO pathway marked in green. All the purge streams (dotted red)

are utilized for their heating value via combustion. The shaded units have not been modeled here. [Color figure can be viewed in

the online issue, which is available at wileyonlinelibrary.com.]
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of woody biomass and H2, producing a high energy density
liquid fuel, gas, water, and solids.25 The liquid fuel is
assumed to have the same composition as the fast pyrolysis-
hydrotreating liquid product as shown in Table 2.32 The gas
by-products include CO2, C1AC3 hydrocarbons, and inert
N2. The presence of CO is neglected with the knowledge
that in situ WGS reaction is expected to be favorable during
fast-hydropyrolysis/HDO due to the large excess of water
present as deoxygenation product.14 Furthermore, H2 is
assumed to be present as a limiting reactant. Equation 1 is
specified by the stoichiometric coefficients z1-z9, where
z1 5 1 is the reference, and z3 refers to the fraction of bio-
mass carbon recovered in the liquid product (gcarbon;hyp ).

Among the few experimental publications on fast-hydro-
pyrolysis/HDO, Marker et al. reported product distribution
data obtained from semicontinuous experiments that used
woody biomass and where catalyst, temperature, space
velocity, and H2 partial pressure were varied in certain
ranges.25,28 Using the parameter estimation model of Eq. 2,
we estimate the value of the coefficients of Eq. 1 that best
fits the experimental product distribution reported by Marker

et al.25,28 The objective function in Eq. 2 minimizes the sum
of the least square error between model prediction and
experimental data (wexp

i;j ), subject to the atom balance across
the process. For the eight experimental data sets available
for woody biomass fast-hydropyrolysis/HDO (see Supporting
Information Table S6), the optimal solution of the model of
Eq. 2 corresponds to z35gcarbon;hyp 546%. We divide the
experimental datasets into two groups corresponding to low
(four datasets) and high (four datasets) carbon recovery
cases, which allow us to investigate the sensitivity of the
MINLP model results to the value of gcarbon;hyp . The optimal
solution when considering eight datasets (gcarbon;hyp 546%),
the low carbon recovery datasets (gcarbon;hyp 543%), and the
high carbon recovery datasets (gcarbon;hyp 548%) are reported
in Table 3. Notice that the objective function value of the
low and high carbon recovery cases are lower than the value
for gcarbon;hyp 546%, indicating a better fit to the experimen-
tal data. In accordance with reaction temperatures reported
for the experimental datasets,25,28 the H2Bioil process is
assumed to operate at an average temperature of 673 K for
the gcarbon;hyp 543% and gcarbon;hyp 548% cases. For the pro-
cess energy balance, even though the fast-hydropyrolysis/
HDO reaction is expected to be mildly exothermic,14,25 the
enthalpy change of reaction is conservatively assumed to be
the same as biomass fast-pyrolysis35

z1C1H1:44O0:601z2H2 ! z3ðliquid Þ1z4CO 21z5CH 41z6C2H6

1z7C3H81z8H2O1z9Char

(1)

Minimize
Xmexp

j51

X9

i52

bizi2wexp
i;j

� �2

Subject to

X9

i51

bi;kzi50 k5C;H;O

z151

zi � 0 8i51; . . . ; 9

(2)

Table 2. Composition of Liquid Fuel Produced from H2Bioil

Process

Compounds Formula Composition/wt %

2,5-Xylenol C8H10O 11.7
n-Heptane C7H16 2.4
1-Trans-3,5-trimethyl cyclohexane C9H18 7.4
3,3,5 Trimethyl heptane C10H22 3.0
n-Propyl cyclohexane C9H18 7.4
1,2,3-Trimethylbenzene C9H12 1.0
n-Butyl-cyclohexane C10H20 0.4
1,2 Dimethyl-3-ethylbenzene C10H14 2.4
Cis-decalin C10H18 4.8
n-Tridecane C13H28 13.1
1,2,4-Triethyl benzene C12H18 4.8
Bicyclohexyl C12H22 0.4
Diphenyl C12H10 6.6
Diamantane C14H20 13.1
Phenanthrene C14H10 9.2
n-Pentadecylcyclopentane C20H40 0.4
Chrysene C18H12 9.3
p-Xylene C8H10 2.6

Data adapted from Ref. 32.

Table 3. Main Parameters-Biomass Processing

Parameter Symbol Values

H2Bioil Process
Temperature Thyp,udd 673 K
Pressure Phyp,udd 35 atm
Carbon recovery in liquid z3 5 gcarbon,hyp 0.435, 0.457, 0.480
Optimal objective in Eq. 2 0.011, 0.024, 0.007
H2 coefficient in Eq. 1 z2 0.41, 0.47, 0.52
CO2 z4 0.08, 0.08, 0.08
CH4 z5 0.07, 0.08, 0.09
C2H6 z6 0.05, 0.05, 0.05
C3H8 z7 0.02, 0.03, 0.03
H2O z8 0.43, 0.44, 0.44
Char (C) z9 0.25, 0.21, 0.17
Enthalpy change DHpyro 1.5 MJ/kg biomass fed35

Heat-Assisted Gasifier
Temperature Tgfy,udd 1400 K
Pressure Pgfy,udd 35 atm
Maximum steam feed SteamUB 4 kmol/h
WGS equilibrium constant Keq

wgs;gfy 0.45

Methanation equilibrium constant Keq
meth;gfy 1.72 3 1025

All the flow rates are normalized to 1 kmol/h of biomass carbon feed processed. Multiple values (separated by commas) considered for certain parameters.
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Heat-assisted gasification

The heat-assisted gasifier is modeled as an equilibrium
reactor operating at a temperature of 1400 K and a pressure
of 35 atm (Table 3). It produces syngas composed of H2,
CO, CO2, H2O, CH4, and N2. Such high gasification temper-
atures virtually eliminate tar formation,22,37 reduce the pres-
ence of higher hydrocarbons (other than CH4) to trace
amounts,37 and also ensure that the reactions approach the
equilibrium conditions.38–40 The syngas composition is
dependent on the variable flow rates and the compositions of
the input streams, specifically, steam, solar H2, biomass feed,
recycle gas, and char to the gasifier. The equilibrium syngas
composition is calculated using the equilibrium conditions
for the WGS and CO-methanation reactions as well as the
overall C, H, O atom balance (see Supporting Information).
In particular, by altering the steam flow rate, the energy con-
tent of the syngas can be changed and so can the percentage
of solid char and biomass that is converted to gas. Steam is
necessary for converting the carbon in the biomass to CO
and H2, and allows for storing solar heat as the enthalpy of
the syngas components. However, when the amount of steam
is increased, the H2/CO ratio and the fraction of the biomass
carbon atoms oxidizing to undesirable CO2 are expected to
increase.41,42 At the same time, additional solar energy
soaked up as sensible heat during the conversion of addi-
tional water to steam reduces the fraction of solar energy
input stored as liquid fuel.

FT synthesis and upgrading

We assume that cobalt catalysts are used, which increase
wax production that can subsequently be hydrocracked to
produce diesel range linear alkanes.43,44 In addition, the CO
conversion per pass was chosen to be 90%, based on the
knowledge that WGS reaction activity is not significant for
cobalt catalysts.45,46 The reader is referred to Supporting
Information Figure S1 for a brief overview of the literature
pertaining to FT reactors and the syngas conversions
reported therein. In general, FT product distribution is well-
represented by the Anderson–Schulz–Flory distribution,
which is a function of the carbon chain growth probability
parameter, a.43 Higher a promotes carbon chain growth,
leading to higher wax and lower light gas (<C10) production.
The produced wax can be selectively converted via hydro-
cracking to diesel range molecules. In this manner, FT cata-
lysts corresponding to the highest a � 1ð Þ can increase diesel
production.43 Commercial FT catalysts that correspond to a
as high as 0.96 have been reported in the literature.47 Repre-
sentative compounds have been used to model the presence
of each lumped product group: CH4, C2H6, C3H8, C4H10

(C1AC4), and C6H14 (naphtha or C5AC9) for less than C10;
C15H32 (diesel) for C10AC20; and C25H52 (wax) for greater
than C201. The base case results are calculated using the
lumped product distribution corresponding to a 5 0.95,
whereas a 5 0.98 and a 5 0.90 cases are considered for ana-
lyzing the sensitivity of the model results with respect to a.

Downstream from the FT synthesis, the mild hydrocrack-
ing of the paraffinic wax forms products with carbon yields
that can be reasonably approximated as consisting of 80%
diesel (C15H32), 15% naphtha (C6H14), and 5% light gases
(CH4).44,46 No carbon loss is considered during the hydro-
cracking process, which is consistent with experimental
results.48 The H2 consumption for the wax hydrocracking
reaction is assumed to be equal to the stoichiometric

amounts required for the aforementioned carbon yields. The
estimated H2 requirement (1.25 wt % of the feed wax) is
provided by the unconverted reactant present in the FT
exhaust gas.

Separation

In general, the separation and purification of products
from a chemical reaction involve a series of elaborate proc-
essing steps, each of which requires additional energy
input.18,31 However, for the preliminary process synthesis,
we anticipate that the influence of well-established hydrocar-
bon-gas-water separation schemes will be small on the over-
all solution. Therefore, we have only modeled a three-phase
separator using vapor–liquid–liquid equilibrium that sepa-
rates the three phases namely gas, aqueous, and organic liq-
uid (consisting of condensable hydrocarbons) phases.
Although such a separation does not produce a high purity
product, we are able to model a thermodynamically feasible
separation which can be achieved in a single stage and does
not require additional energy usage.

Each separation unit is operated at a fixed temperature and
pressure, which is determined from rigorous Aspen PlusVR

simulations of model feeds to allow for maximum fuel
recovery and by-product recycle. Because of the low solubil-
ity of hydrocarbons and other gases in water, the aqueous
liquid phase is approximated by water. The resulting phase
equilibrium between the aqueous phase and the vapor phase
is modeled using Raoults law. For each component j, the
equilibrium separation factor corresponding to the vapor-
organic liquid phase equilibrium (Eq. 3), Ksep

j , is assumed to
be constant. For the fixed temperature and pressure of the
separation units, the values for Ksep

j are derived from rigor-
ous flash calculations of a model feed using the Peng–Robin-
son equation of state with Boston–Mathias alpha function in
Aspen PlusVR .33 The assumption of a constant Ksep

j is reason-
able because the feed molar compositions feasible to the
optimization do not vary greatly from the model feed com-
positions used. In particular, the variation in the feed mole
fraction of the components distributing between the organic
liquid and vapor phases is relatively small due to the large
amounts of water present in the feed (�40–50 mol %). For
separations with large variations in the feed composition, the
constant Ksep

j assumption will not hold and more detailed
models incorporating the effect of composition would be
needed

8 u;uddð Þ 2 vapor streams ;8 u;udð Þ 2 organic liquid streams ;

xu;udd;j5Ksep
j xu;ud;j

(3)

Heat and power integration

The rate of external heat supply for an augmented process
can be minimized by exchanging heat between the available
heat sources and sinks subject to a minimum temperature of
approach for heat transfer (Table 4). For fixed process oper-
ating variables, the minimum heating and cooling require-
ments are calculated by identifying the corresponding
process pinch temperature. The pinch temperature refers to
the temperature value at which the process composite hot
and cold enthalpy curves are separated by the minimum tem-
perature of approach DTmin .50 For simultaneous heat and
mass integration involving variable process flow rates and
compositions, the minimum heating and cooling
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requirements can be calculated by identifying the pinch tem-
perature using the constraints proposed by Duran and Gross-
mann.51 These constraints, when included in an MINLP
model, serve to identify the process pinch temperature
among a set of candidates, deemed to be the inlet tempera-
ture of the hot and cold process streams and sources (see
Supporting Information). The minimum gross heating
requirement is supplied at the highest temperature of the pro-
cess, which is the operating temperature of the heat-assisted
gasifier (1400 K). This gross heating requirement can be sup-
plied by a combination of the heat recovered from combus-
tion of the purge streams, Qcomb, and solar-derived heat
Qhutil, as reflected in the constraint of Eq. 4. Here, Qhutil,gross

is the maximum of the minimum gross heating requirement
and the heat recovered from purge stream combustion (see
Supporting Information). The combustion (using air) of the
process purge streams is modeled by allowing a fraction of
total energy content of the purge streams (ghtrec) to be avail-
able at the highest temperature of the process (Eq. 4). Here,
ghtrec accounts for the energy losses (e.g., sensible heat losses
in the air stream) during combustion heat recovery

Qhutil � Qhutil;gross 2ghtrec Qcomb (4)

We also allow for simultaneous power generation from
the waste heat using a set of predefined Rankine cycles with
different operating boiler pressures (pb), condenser pressures
(pco), and turbine inlet temperatures (th) as proposed by Elia
et al.52 Subsequently, the power generated from these cycles
can be scaled according to the water flow rate.52 As a modi-
fication from the method of Elia et al., we model the use of
condensing turbines with exhaust pressures much below
ambient pressure to improve power recovery (Table 4). Ran-
kine cycles with turbines producing low-pressure steam are
not considered here, as any low temperature heat demand
can be met using available process heat sources (see Figure
2). As the temperatures of the streams of the predefined Ran-
kine cycles are also known, these streams are allowed to
exchange heat with other process streams and point sources
in the heat integration scheme.17,52 Binary decision variables
(ypb,pco,th) determine the presence or absence of the defined
Rankine cycles in the process. Equations 5 and 6 define the
upper bounds on the number of Rankine cycles allowed and
the steam molar flow rate in each cycle (npb,pco,th). The net
external electric power to be supplied from solar energy

(Wnet), is defined as the difference of the power consumption
via compressors, pumps, and the Rectisol unit (Wrec) and the
power generated by the steam cycles (Eq. 7)

X
pb;pco;thð Þ

ypb;pco;th � Emax
eng (5)

npb;pco;th � nmax
fl ypb;pco;th 8 pb; pco; thð Þ (6)

Wnet 5
X

comp uð Þ
Wu1Wrec 2

X
pb;pco;thð Þ

npb;pco;thwpb;pco;th (7)

Objective function

For a target process carbon recovery, gcarbon, the objective
function to be minimized corresponds to the total solar
energy input rate to the process. This includes the solar
energy used for supplying H2, high temperature heat, and
electricity, given by the first, second, and third terms on the
right-hand side of Eq. 8, respectively. For liquid fuel produc-
tion, Wnet is constrained to be nonnegative. Relaxing this
constraint will allow for simultaneous liquid fuel and power
production as discussed later on. The estimated solar energy
conversion efficiencies to H2 (gH2

), heat (gheat), and electric-
ity (gE) used are shown in Table 4 and represent currently
feasible solar conversion efficiencies (see Supporting
Information)

Qsolar 5LHV H2
mwH2

P
str rh2;uddð Þ frh2;udd

gH2

1
Qhutil

gheat

1
Wnet

gE

(8)

Bounding constraints

For the overall process, we impose the target process car-
bon recovery constraint of Eq. 9. The first and second sum-
mations on the left-hand side of Eq. 9 refer to the total
carbon recovered in the liquid fuel produced from FT syn-
thesis/hydrocracking and H2Bioil process, respectively. All
the molar flow rates of the process are normalized to
1 kmol/h of biomass carbon feed processed
X

fuelft jð Þ
nfl 1;pdi;j/carbon ;j1

X
fuelhyp jð Þ

nfl 2;pgas ;j/carbon ;j5gcarbon (9)

CH 1:44O0:601x1H21x2O2 ! x3CH 1:46O0:01

1x4CH 2:131x5CO 21x6H2O
(10)

Table 4. Main Parameters-Heat Integration and Optimization

Parameter Symbol Values

Heat and Power Integration
Condenser pressure pco 0.03 bar, 0.1 bar
Minimum temperature of approach DTmin 10 K
Boiler pressure pb 80 bar, 160 bar
Turbine inlet temperature Th 700 K, 800 K
Maximum steam flow rate nmax

fl 2 kmol/h
Maximum Rankine cycles Emax

eng 3
Combustion heat recovery ght,rec 80%
Heat exchanger maximum temperature49 1073 K

Objective Function
Sun-to-H2 efficiency gH2

6.2%
Sun-to-heat gheat 37.5%
Sun-to-electricity gE 10%

BARON Parameters
Local solvers CONOPT, MINOS
Relative optimality tolerance 1024

All the flow rates are normalized to 1 kmol/h of biomass carbon feed processed. Multiple values (separated by commas) considered for certain parameters.
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Minimize x1

Subject to

x31x45gcarbon

x31x41x551

22x111:46x312:13x412x651:44

22x210:01x312x51x650:60

x3 � gcarbon ;hyp

x1; x2; x3; x4; x5; x6 � 0

(11)

We also include constraints, which provide lower bounds
on the process H2 and solar heat requirements. For a specific
value of gcarbon, the process H2 consumption has to be
greater than the theoretical minimum H2 consumption
defined from the overall process reaction in Eq. 10. The first
term on left-hand side of Eq. 10 refers to biomass. The reac-
tant O2 is sourced from air and enables the combustion of
all the process purge streams for heat recovery. Thus, those
carbon and hydrogen atoms not recovered as liquid fuel are
lost as CO2 and H2O, respectively. On the right side of
Eq. 10, the first and second lumped molecular formulas cor-
respond to the liquid fuel produced from the H2Bioil process
(formula from Table 2) and FT synthesis/hydrocracking,
respectively. The theoretical minimum H2 consumption is
calculated as the optimal objective function value of the lin-
ear program given in Eq. 11, with the constraints including
atom balances and the maximum carbon recovery as liquid
fuel for the fast-hydropyrolysis/HDO reaction.

We can lower bound the gross process heating require-
ments with the highest temperature heat sink, which in case
of the H2Bioil-STG superstructure, is the gasifier heat duty.

Together, Eqs. 4 and 12 indirectly lower bound the solar
heat requirement for the process

Qhutil;gross � qgfy (12)

Model summary

The developed mathematical model is a nonconvex
MINLP with 8 binary variables, 820 continuous variables
and 851 equality and 39 inequality constraints. The model
contains 394 nonlinear terms, mostly as bilinear expressions
used in defining split fractions, mole fractions, and reaction
equilibrium. We solved the model in GAMS53 for different
values of gcarbon using the branch-and-bound global optimi-
zation algorithm implemented in BARON.54 Global optimi-
zation overcomes the challenges of local optimization
solvers which include: (1) being limited to inferior local
optimal solutions by virtue of the nonconvex nature of the
problem and (2) requiring knowledge of good quality initial
solutions, which is particularly difficult to identify for large-
scale process networks. The global optimization algorithm
implemented in BARON iteratively generates an improved
lower bound on the objective function by solving a convex
relaxation of the original nonconvex problem.

In certain cases, the rate of improvement in the lower bound
can be increased by adding specific constraints to the convex
relaxation of the nonconvex problem. For example, consider
the mass balance constraints for each stream splitter unit u in
the MINLP model, given by Eqs. 13 and 14. The summation
of the split fraction, ku,udd, over the set of all outlet streams
from the splitter u must be equal to unity (Eq. 14). In Eq. 13,
nu,udd,j and nud,u,j correspond to the component molar flow rate
in the outlet stream from the splitter u (connecting to unit udd)
and the inlet stream to the splitter u (originating from unit ud),

Figure 2. Hot and cold composite curves for the optimal process configuration for gcarbon 5 80% for liquid fuel pro-
duction only (top) and liquid fuel and power production (bottom); a 5 0.95, gcarbon,hyp 5 48%.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

AIChE Journal July 2014 Vol. 60, No. 7 Published on behalf of the AIChE DOI 10.1002/aic 2539

http://wileyonlinelibrary.com


respectively. Convexification techniques using convex and
concave envelopes of the bilinear term in Eq. 13 lead to mass
balance violations in the convex relaxation. In contrast, addi-
tion of the individual component mass balance constraint (Eq.
15) for the set of all components in the convex relaxation
improves the quality of the lower bound by preventing mass
balance violation and thereby helps to reduce the computa-
tional time required for the solution.54,55

8u 2 split uð Þ; udd 2 str u; uddð Þ; ud 2 str ud; uð Þ; j
2 inspec u; jð Þ

nu;udd;j5ku;uddnud;u;j (13)
X

str u;uddð Þ
ku;udd51 (14)

X
str u;uddð Þ

nu;udd;j5nud;u;j (15)

We also include a constraint in the relaxation that limits the
energy efficiency of the overall process, defined as the ratio of

the lower heating value (LHV) of the product (liquid fuel) to
the LHV of biomass and H2 feeds as well as electricity and
heat input, to be less than 100%. Such a constraint provides a
nonredundant linear relation between the key process variables
in the relaxation of the original nonconvex formulation. This
constraint is shown in Eq. 16, where Qcutil refers to the process
cooling requirement and the first and second terms of the
right-hand side refer to the heating value of the liquid fuel pro-
duced from the H2Bioil process and FT/hydrocracking, respec-
tively. The two summations on the left-hand side of Eq. 16
correspond to the energy input as H2 and biomass

Qhutil 1Wnet 1LHV H2
mwH2

X
str rh2;uddð Þ

frh2;udd

1LHV bio mwbio

X
str rbi;uddð Þ

nrbi;udd;bio

�
X

fuelhyp jð Þ
nfl 2;pgas ;jLHV jmwj

1
X

fuelft jð Þ
nfl1;pdi;jLHV jmwj1Qcutil

(16)

Results and Discussion

General results

Figures 2–4 summarize the heat integration, supplemental
energy consumption, and process topology of the optimal
process configuration for different values of gcarbon. The pre-
sented solutions of the MINLP model refer to a process pro-
ducing liquid fuel exclusively, corresponding to an objective
function value which is greater than or equal to zero. In gen-
eral, the optimal solutions favor feeding biomass to the
H2Bioil process over the heat-assisted gasifier (Figure 4)
because of the higher carbon and energy efficiency of the
former thermochemical conversion pathway.27 Consequently,
the optimal solution for each value of gcarbon is sensitive to
the variation in the H2Bioil carbon recovery as liquid,
gcarbon,hyp, as illustrated in Figure 3. For example, at
gcarbon 5 55%, the optimal solar heat requirement for
gcarbon,hyp 5 43% is nearly two and half times the

Figure 3. Solar heat, H2 consumption, and liquid fuel yield of the optimal process configuration for different target
carbon recovery levels; a 5 0.95. Carbon recovery from fast-hydropyrolysis/HDO: gcarbon,hyp 5 43% (left)
and gcarbon,hyp 5 48% (right).

Figure 4. Split fraction of the optimal process configura-
tion for different target carbon recovery levels;
gcarbon,hyp 5 48%; increase in carbon recovery
beyond 50% is via FT synthesis.
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corresponding value for gcarbon,hyp 5 48%. In contrast, the
sensitivity of the optimal solution to the variation in FT syn-
thesis chain growth probability (a) is relatively small and,
therefore, has not been presented here.

For all cases of gcarbon studied here, the optimal process
configuration requires zero solar electricity input, as the pro-
cess electrical power requirement is supplied from utilizing
the waste heat through the available Rankine cycles. The
developed MINLP model is also capable of identifying proc-
esses that coproduce electricity and liquid fuel, in case such
a process is deemed economical. When allowing for copro-
duction, we find that the optimal process configuration has
the same process topology and similar flow rates as the opti-
mal configuration that is constrained to not produce any
electricity. However, as the Rankine cycles are operated at
their maximum working fluid capacity (Eq. 6) to produce
excess power, the process with coproduction consumes addi-
tional solar heat compared to the liquid fuel solution. This
fact is illustrated in Figure 2 where the heat integrations of
the optimal process configurations for the liquid fuel only
and coproduction case are depicted. As seen in Figure 2, the
additional solar heat that is soaked up for the coproduction
of power is used to generate superheated steam (700–800 K)
for the Rankine cycles. This finding suggests that the electri-
cal power produced from soaking additional solar heat via
the Rankine cycle has a higher sun-to-electricity efficiency
than the specified external solar electricity available at
gE 5 10%. In case of the optimal process configuration pro-
ducing liquid fuel alone, Figure 2 also suggests that the gross
heat input (purge combustion heat and solar heat) is primar-
ily used to heat the feed streams to the gasifier beyond
673 K and to supply the heat duty for gasification and fast-
hydropyrolysis/HDO. In one possible design, the external
heat can be supplied indirectly via circulating bed material
to a consolidated reactor unit involving a top fast-
hydropyrolysis zone operating at 673 K and a bottom gasifi-
cation zone operating at 1400 K. The cold feed streams can
be injected at the appropriate temperature regimes within the
reactor.27

Standalone process regime

The quantity of solar heat and H2 input required by the
optimal process configuration is dependent, among other fac-
tors, on the parameters gcarbon and gcarbon,hyp. As seen in Fig-
ure 3, the optimal process configurations when gcarbon< 55%
are standalone processes that do not require any solar energy
input, either as heat or H2. This would correspond to
Qhutil 5 0, and Qhutil,gross 5ghtrecQcomb in Eq. 4. At the maxi-
mum value of gcarbon for a standalone process, given by
gcarbon 5 54% (gcarbon,hyp 5 48%), the heat available from the
combustion of the residual carbon and hydrogen containing

purge streams (char and gas by-products) is equal to the
minimum process heat requirements. At lower values of
gcarbon, the optimal standalone process produces excess heat
at the expense of reducing the liquid fuel output.

It is interesting to note that when gcarbon� 54%, the
MINLP model finds multiple optimal process configurations
that have different process topologies and steam requirement
for gasification, but have the same objective function value
(5 0). For gcarbon 550%, Table 5 describes some alternative
process configurations, in terms of their key split fractions
and gasification steam requirements. For each value of
gcarbon,hyp, different combinations of char and gas (syngas or
recycle gas) can be combusted to provide the process heat
requirements. Similarly, the H2 requirement for the H2Bioil
process is met by the H2 and CO in the syngas produced
from gasifying one or more of the following: a portion of
the biomass, recycled char, and/or gas. The role of steam
feed to the gasifier is primarily to convert the char, biomass,
and recycled hydrocarbons to H2 and CO in the syngas mix-
ture. Eventually, the most preferred among all the optimal
process configurations will be the one with the least capital
and operating cost. For example, doing away with the capital
intensive syngas-to-liquid fuel equipment (e.g., acid gas
cleaning, FT synthesis, etc.) yields a standalone process with
gcarbon � 48% (gcarbon,hyp 5 48%). Here, the entire biomass is
fed to the H2Bioil process, and the H2 requirement is sup-
plied from the syngas produced from gasifying 100% of the
char and 19% of the recycle gas streams.

Augmented process regime

As can be seen in Figure 3, for the gcarbon� 55% cases
studied here, the optimal process configurations require addi-
tional energy input because a reduced amount of carbon is
available for providing process heat via combustion. Here,
solar heat, which is available at a higher solar conversion
efficiency than H2 or electricity, supplies the remaining por-
tion of the process heat. The solar heat input is predomi-
nantly used to supply the heat duty needed for gasification
which, in the case of 55%� gcarbon� 70%, is required for
the reforming reactions of the recycled char and gas streams.
The syngas produced from the gasifier is subsequently split
between the H2Bioil process for H2 supply and FT synthesis/
hydrocracking for liquid fuel production. From Figures 3
and 4, the following are the major topological trends for the
optimal process configurations with increasing values of
gcarbon (in the range of 55–70%). (1) A higher fraction of
char and gas by-products need to be recycled to the gasifier
(Figure 4), resulting in correspondingly higher solar heat
requirements (Figure 3). For additional carbon recovery, the
recycling of gas streams produced from the H2Bioil process
and FT synthesis (composed mainly of CO2 and C1AC4

Table 5. Optimal Process Split Fractions and Steam Requirement for Gasification in the Case of gcarbon 5 50%

Process Split Fractions (%)

Syngas to Feeds to Gasifier

gcarbon,hyp Steam (kmol/h) FT Purge H2Bioil Gas FT Gas Biomass Char Biomass to Purge

43% 0 42.6 0 66.6 100 0 24.1 0
0.24 46.0 4.9 36.2 100 0 100 3.6

48% 0.82 16.4 0 61.3 100 0 0 0
0.05 52.1 0 59.5 100 16.0 100 0

All the flow rates are normalized to 1 kmol/h of biomass carbon feed processed. Each row represents one alternative optimal configuration.
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hydrocarbons) is favored over recycling of char. The
recycled C1AC4 hydrocarbons and CO2 can be reformed to
H2 and CO without the need to supply external steam to the
gasifier. In contrast, to use char, external steam has to be
supplied to convert it to H2 and CO. The generation of this
steam requires additional heat and this penalizes the use of
char. (2) Higher fractions of syngas are used for liquid fuel
production via FT synthesis, resulting in an increasing frac-
tion of biomass carbon being recovered as FT liquid fuel.
Despite this, the optimal process configuration remains self-
sufficient in H2 until gcarbon increases close to 70%. This is
achieved by recycling 100% of the char as well as H2Bioil
and FT gas by-products to be reformed in the gasifier.

When gcarbon> 70%, the carbon that is not converted to
fuel exists predominantly as CO2 which accumulates as an
inert in the process streams and cannot be recovered by recy-
cling alone. In the absence of external H2, CO2 formation
acts as a sink for rejecting the large amount of oxygen pres-
ent in the feed biomass. Consequently, for gcarbon> 70%, the
process requires both solar heat and H2 input to get rid of
the biomass oxygen as H2O rather than as CO2. The solar
H2 is supplied to the gasifier rather than the H2Bioil process
to allow for the conversion of the residual CO2 (built up in
the recycled gas streams) to CO via the Reverse Water-Gas
Shift (RWGS) reaction. The enthalpy change of the RWGS
reaction is relatively small compared to the reforming reac-
tion (�30 kJ/mol vs. �300 kJ/mol), which was dominant
during gasification in the regime of gcarbon� 70%. This
change in gasification reaction chemistry when gcarbon

increases beyond 70% explains the reduction in the slope of
the solar heat requirement curve in Figure 3. The additional
CO produced from the RWGS reaction provides an indirect
source of H2 for the H2Bioil process (via WGS reaction) and
also reacts with H2 to produce liquid fuel during FT synthe-
sis. In this manner, the process solar H2 requirement can be
minimized to be close to the theoretical minimum value for
every gcarbon> 70% as shown in Figure 3. For
70%� gcarbon� 95% cases, the unconverted carbon is purged
from the process in the form of pure CO2 separated from the
syngas in the acid gas removal unit (during syngas cleaning).

Comparison with gasification-FT

We compare the optimal processes obtained from evaluat-
ing the H2Bioil-STG superstructure against the optimal STG-
FT processes. This comparison quantifies the potential bene-
fit of integrating different biomass thermochemical pathways
for liquid fuel production.

The STG-FT optimal process configuration is derived by
restricting the feasible region of the developed MINLP model
to the heat-assisted gasification/FT part of the H2Bioil-STG
superstructure (Figure 1). For each value of gcarbon, the key
variables in the optimization include: (1) the distribution of
the feed biomass between gasification and combustion (via
purge) for process heat, (2) the extent of FT by-product gas
recycling and residual CO2 recycling, (3) the steam require-
ment for the gasifier and the WGS reactors, and (4) the process
heat and H2 input. Of particular note is the case of
gcarbon 5 30%, where the MINLP model finds alternative opti-
mal configurations which do not require any solar energy
input. For one configuration shown in Figure 5, 22% of the
feed biomass is combusted for process heat and 53% of the
vapor stream from the vapor–liquid separation unit is recycled
to the gasifier to generate additional syngas. With increasing

gcarbon� 40%, an increased fraction of biomass is used for gas-
ification, along with recycling of the unconverted reactants
and by-products of FT synthesis as seen in Figure 5. The varia-
tion in solar heat and H2 consumption versus carbon recovery
follow similar trends to that seen for the H2Bioil-STG super-
structure. A detailed discussion of the main characteristics of
the biomass gasification-FT process is available elsewhere and
is, therefore, omitted.13,17,24,31

Every feasible solution to the STG-FT process optimiza-
tion provides a suboptimal solution to the H2Bioil-STG
superstructure optimization. In fact, the amount of heat and
H2 required for the optimal STG-FT processes are found to
be consistently higher than the requirements estimated for
the optimal H2Bioil-STG processes (Figure 5 vs. Figure 3).
Although the optimal H2Bioil-STG process remains stand-
alone for cases of gcarbon� 54% in Figure 3, the STG-FT
process requires solar heat input for gcarbon� 40%. As shown
in Figure 6, for 70%� gcarbon� 95%, the optimal solution of
the H2Bioil-STG process results in �28–156% lower solar
energy requirement relative to the STG-FT process. As
expected and also depicted in Figure 6, solar energy input to
the STG-FT process increases with a decrease in FT a,
because increasing amounts of C1AC10 hydrocarbons have
to be recycled to the gasifier.

Accounting for intermittent solar energy

For enabling augmented biofuel production using intermit-
tent solar energy, any combination of the following storage
options could be used: (1) during the periods when solar
energy is available (day time), it is stored in a suitable form
to supply heat and H2 at other times or (2) during the peri-
ods when solar energy is unavailable (night time), the uncon-
verted carbon (e.g., char or gas) is stored for subsequent
conversion to liquid fuel. Recently, a high efficiency energy
and carbon storage concept based on the cyclic transforma-
tion between carbon dioxide and carbonaceous molecules
like methane was proposed for uninterrupted renewable
power generation.16 This storage concept can be adapted for
round the clock augmented biofuel production, as shown in
Figure 7. During the day time, biomass and stored liquid
CO2 (produced in the night time) can be converted to liquid
fuel and a carbonaceous molecule using solar heat and/

Figure 5. Key split fractions (left Y axis) and solar heat
and H2 consumption (right Y axis) of the opti-
mal STG-FT process configuration for differ-
ent target carbon recovery levels, a 5 0.95.
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or H2. The produced carbonaceous molecule is liquefied and
stored for use in the night time, where it provides the neces-
sary supplemental energy to augment biomass conversion to
liquid fuel. The unconverted carbon from the process in the
night time is captured as CO2, which is liquefied and stored
for use in the day time. In this manner, the biofuel facility
can be operated to achieve higher than standalone gcarbon.
Modeling results for the process of Figure 7 will be pre-
sented in a subsequent publication. A key aspect of the pro-
cess is the choice of carbonaceous molecule and its impact
on the supplemental solar energy consumption.16

Conversely, if cost-effective energy or carbon storage
options are not available, the flexibility to operate a biofuel

facility at different carbon recovery levels can allow for con-
tinuous operation without start-up/shutdown issues. Using
the results in Figures 3–6, we can construct flexible biofuel
process designs that are capable of operating in augmented
(high gcarbon) or standalone (low gcarbon) mode depending on
whether or not supplemental solar heat and H2 are available.
For the standalone mode of the process, the char and recycle
gas will be used to supply the H2 required for the H2Bioil
process (via syngas generation) and process heat (via com-
bustion), resulting in a maximum standalone gcarbon of �52–
54% (for gcarbon,hyp 543–48%). In the augmented mode of
the process, use of solar heat allows the recovery of a por-
tion of the carbon in the char and gas streams as liquid fuel
using FT synthesis, thereby resulting in gcarbon of �73–74%
(gcarbon,hyp 5 43–48%). When use of both solar heat and H2

is economical, the process may further be augmented to
operate at gcarbon> 74%. In this augmented mode, the pro-
cess economics will determine the gcarbon that is chosen. It
should be noted that in case FT synthesis is found to be
uneconomical for a small-scale biofuel facility, then the
H2Bioil process and the heat-assisted gasifier can be operated
round the clock in a standalone mode, at a carbon recovery,
that is primarily dependent on the parameter, gcarbon,hyp. The
optimization of HDO catalysts and fast-hydropyrolysis oper-
ating conditions could potentially increase gcarbon,hyp. How-
ever, beyond a certain gcarbon,hyp, the by-product char and
gas will be insufficient to supply the necessary heat and H2,
and supplemental energy input would be necessary.

Conclusions

We have computationally demonstrated a method to sys-
tematically identify carbon and energy efficient biofuel proc-
esses using supplemental solar energy available as heat or
H2. The method relies on the heuristic design of a novel pro-
cess superstructure, which considers one or more biomass
conversion pathways and their possible integrations.

Figure 6. Solar energy consumption of the optimal
H2Bioil-STG and STG-FT process configura-
tions for different target carbon recovery
levels; Solar energy conversion efficiencies
reported in Table 4.

Figure 7. Process for round the clock operation of an augmented biofuel process using combined energy and car-
bon storage.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Subsequently, the developed process superstructure is repre-
sented as a nonconvex MINLP model that allows for simul-
taneous heat, mass, and power integration. This MINLP is
then solved using global optimization tools to identify prom-
ising process configurations for different target carbon recov-
ery cases.

Synergistic process integrations are possible from simulta-
neously evaluating different biomass thermochemical conver-
sion pathways like fast-hydropyrolysis/HDO and
gasification-FT. From a topological standpoint, the optimal
process configurations favor: (1) feeding biomass to the
H2Bioil process as against the heat-assisted gasifier and (2)
using char and gas by-products for producing heat, H2, or
additional liquid fuel via FT synthesis. Depending on the tar-
get carbon recovery constraint, the optimal process configu-
ration is either a standalone process (gcarbon� 54%), an
augmented processes that uses solar heat (54%� gcarbon�
74%) or an augmented process that uses both solar heat and
H2 (74%� gcarbon� 95%). For the last class of processes, the
H2 consumption is verified to be close to the theoretical min-
imum H2 consumption.

We also suggest flexible biofuel processes capable of
operating at low and high carbon recovery levels to account
for the intermittent availability of supplemental solar heat or
H2. Based on the H2Bioil-STG superstructure, a biofuel
facility without energy or carbon storage capabilities can
operate at values of gcarbon close to 52–54% in the absence
and at higher carbon recovery levels in the presence of sup-
plemental solar energy (heat and/or H2). The long-term via-
bility of such flexible biofuel processes will depend on
overcoming the engineering challenges encountered in build-
ing such facilities as well as the economic tradeoff when
compared to the processes operating round the clock using
energy/carbon storage facilities.
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Notation

bi,k = moles of atom k (5 C,H, or O) in one mole of compo-
nent i; negative for reactants and positive for products in
Eq. 1

ku,udd = split fraction of the stream connecting splitter u with the
downstream unit udd

/carbon,j = moles of carbon present in one mole of component j
bi = for i 5 2, 4, . . ., 9, molecular weight ratio of component

i to biomass (moisture and ash free); b3 5 1 (see Sup-
porting Information)

comp(u) = set of all pump and compressor units
fu,udd = stream molar flow rate between unit u and unit udd

fl1, fl2 = separation units
fuelft(j) = set of all components in FT diesel

fuelhyp(j) = set of all components in H2Bioil liquid fuel

gfy = heat-assisted gasifier unit
inspec(u,j) = components present in the input stream to unit u

Ksep
j = equilibrium separation factor for component j

LHVj = lower heating value of component j in MJ/kg. j 5 H2,
bio. . .

mexp = number of experimental datasets
mwj = molecular weight of component j in kg/kmol. j 5 H2,

bio. . .
npb,pco,th = molar flow rate of steam in Rankine cycle (pb, pco, th)

nu,udd,j = component j molar flow rate between unit u and udd
pdi = FT diesel storage tank

pgas = H2Bioil liquid fuel storage tank
Qcomb = heat available from purge stream combustion
Qcutil = process cooling requirement

Qhutil,gross = maximum of the minimum gross heating requirement and
the heat recovered from purge stream combustion

Qhutil = minimum solar heat requirement
qu = heat duty of unit u

rbi = biomass feed hopper
rh2 = solar H2 generation source

split(u) = set of all splitter units
str(u,udd) = set of streams connecting unit u and udd

u,ud, or udd = units of the process
Wu = electrical power input to pump/compressor u

wexp
3;j = carbon recovery as liquid for experimental dataset j

wexp
i;j = for i 5 2, 4, . . ., 9 weight ratio of component i to bio-

mass (moisture and ash free basis) for dataset j (see Sup-
porting Information Table S6)

Wnet = net process power input
wpb,pco,th = parameter corresponding to specific power output of Ran-

kine cycle (pb, pco, th)
Wrec = electrical power input to Rectisol unit

xu,udd,j = mole fraction of component j in stream connecting sepa-
rator u with unit udd

ypb,pco,th = binary variable for presence or absence of Rankine cycle
zi = stoichiometric coefficients in Eq. 1.
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